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Abstract

A steady-state model for trickle-bed reactors was developed, primarily concerning hydroprocessing of light oil feedstocks
containing volatile compounds. The case of a homogeneous plug flow fixed bed reactor with axial dispersion was considered.
Catalyst particles were assumed to be isothermal and isoconcentrational. Mass balances, overall two-phase flow momentum
balance and phase energy balances were written in detail. Hydrodynamic flow of the two phases and specifically the flow
regime under which the bed was operated, the liquid holdup, the wetting efficiency of the solid particles, the two-phase
flow pressure drop and the gas–liquid and liquid–solid interfacial areas were all predicted using carefully selected industrial
engineering correlations.

In addition, all necessary thermophysical properties, such as phase densities, viscosities, conductivities, diffusivities, in-
terfacial tension, latent heats of vaporization, specific heats, and molar partial enthalpies were continuously calculated as
functions of the system pressure, temperature and phase composition. A suitable numerical package was developed for this
kind of calculations. Phase equilibrium was calculated with the aid of the same package and the non-ideal phase behavior
was taken into account, as well. Mass transfer rates were calculated by the effective diffusivity method.

Compared to a set of experimental data taken from the operation of a pilot scale hydrodesulfurization plant, excellent
agreement was found. A user-friendly interface was developed to facilitate the use of the numerical package.
© 2003 Elsevier Science B.V. All rights reserved.

Keywords: Modeling; Trickle-bed reactor; Mass transfer; Thermophysical properties; Hydrodynamic flow; Volatile oil fractions;
Hydroprocessing

1. Introduction

Operation of trickle-bed reactors is marked by the
simultaneous presence of two phases, a gaseous and
a liquid one, flowing over and through a third cata-
lyst solid phase. Modeling of three-phase reactors has
shown substantial developments recently, though it is
very demanding in combining transport phenomena
and heterogeneous reaction processes[1–3]. In the
present paper, a steady-state model of three-phase
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trickle flow fixed bed reactors is presented, suitable
for the case of liquid phases containing volatile com-
pounds. The motivation for this work comes from
certain commercial applications in the oil refiner-
ies concerning processing of light oil fractions with
hydrogen, like hydrodesulfurization and hydrogena-
tion. In those cases, the liquid phase holdup varies
along the reactor because of partial volatilization of
the lighter oil fractions. A fundamental understand-
ing of the underlying phenomena and, especially,
the interaction between mass, momentum and heat
transport phenomena and heterogeneous catalysis is
warranted.
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Nomenclature

a interfacial area per unit volume of reactor
c concentration
c specific heat (Eqs. (9) and (10))
D effective diffusivity
h holdup
H enthalpy
H̄ molar partial enthalpy
H Henry’s constant
k conductivity
k mass transfer coefficient

(Eqs. (14), (16) and (17))
K equilibrium constant
K mass transfer coefficient (Eq. (14))
L reactor length
M molecular weights
N molar flux
NC number of components
NGR number of heterogeneous reactions

on the gas–solid interface
NLR number of heterogeneous reactions

on the liquid–solid interface
P pressure
q heat flux
r reaction rate
T temperature
v mean phase velocity
x mole fraction
z axial coordinate

Greek letters
α heat transfer coefficient
ε porosity
η efficiency coefficient
µ bulk phase viscosity
ν stoichiometric coefficient
ρ bulk phase density

Subscripts and superscripts
A total aromatics concentration
b bulk phase
B bed
E excess property
G gas phase
GS gas–solid interface
GL gas–liquid interface
i species number
in inlet conditions

iG internal gas property
iL internal liquid property
I interface
j reaction number
L liquid phase
LS liquid–solid interface
R residual property
s solid phase (catalyst)
W reactor wall
∗ molar mean quantity

For simplicity, plug flow conditions and uniform
pellet properties were assumed. This means that either
internal mass and heat transfer limitations are negli-
gible or the kinetic parameters are determined using
industrial scale catalyst particles. Therefore, internal
mass and heat transfer rates are included in the ki-
netic models. On the other hand, substantial effort was
made to include the non-ideal behavior of the flowing
phases at the high temperature and pressure conditions
of the process as well as to include mass and heat trans-
port phenomena, which are enhanced considerably by
the presence of the volatile compounds. To this end,
the detailed mass, momentum and heat balances were
written and solved for each compound in the liquid and
the gas phase. In addition, a suitable numerical pack-
age was developed for the evaluation of the thermo-
physical properties of oil compounds and mixtures and
for the detailed calculation of interfacial mass transfer
rates, using effective diffusivity method and gas–liquid
equilibrium at the interface. All variables of the system
were considered to be functions of (dimensionless)
space variable. On one hand, this permitted the accu-
rate calculation of the local values of the independent
system variables, i.e. phase temperatures, pressure and
compositions along the reactor. On the other hand, the
physicochemical properties of the phases and the hy-
drodynamic characteristics of the bed were correlated
directly with the local values of the system variables.
Moreover, the flow regime under which the bed was
operated, the liquid holdup, the wetting efficiency of
the solid particles, the two-phase flow pressure drop
and the gas–liquid, liquid–solid and gas–solid interfa-
cial areas were all calculated in the same manner as
functions of the system variables along the reactor.

Four general chemical processes were modeled:
desulfurization (HDS), denitrogenation (HDN),



D.G. Avraam, I.A. Vasalos / Catalysis Today 79–80 (2003) 275–283 277

saturation of olefins (HTO), and hydrogenation of
mono-, di- and tri-aromatics (HTA). Reaction kinetics
of the Langmuir–Hinshelwood type was used, taking
into account equilibrium of aromatic hydrogenation
and inhibition by hydrogen sulfide, ammonia and
aromatics.

Results from the detailed model were compared
with experimental data from the operation of a pilot
plant unit and remarkable agreement was obtained. In
view of these results, a first attempt was made to gain
some insight of the complex phenomena of such pro-
cesses. The agreement between theoretical and exper-
imental data led to the development of a user-friendly
interface to facilitate the use of the numerical package.

2. Theoretical

We present briefly the main equations comprising
the model. Abbreviations are given below, whereas
nomenclature is given at the beginning of the paper.

• Mass balance of speciesi in the liquid (L) bulk (b)
phase:

dNLi

dz
− L(NGLiaGL − NLSiaLS) = 0,

NLi = hLv
∗
Lc

b
Li − hL

DL

L
cb

L
dxb

Li

dz
(1a,b)

• Mass balance of speciesi in the gas (G) bulk (b)
phase:

dNGi

dz
+ L(NGLiaGL + NGSiaGS) = 0,

NGi = hGv
∗
Gc

b
Gi − hG

DG

L
cb

G
dxb

Gi

dz
(2a,b)

• Mass balance of speciesi in the catalyst (liquid–solid
interface (s)):

−NLSiaLS + ρBhiL

NLR∑
j=1

νLijrLj (cs
Li )ηLj = 0 (3)

• Mass balance of speciesi in the catalyst (gas–solid
interface (s)):

−NGSiaGS + ρBhiG

NGR∑
j=1

νGijrGj (cs
Gi )ηGj = 0 (4)

• Relations between phase holdups in the bed and the
catalyst, respectively:

hL + hG = εB, hiL + hiG = εi (5a,b)

• Total mass balance of liquid phase in terms of molar
and mass mean velocity:

hLv
∗
Lc

b
L =

NC∑
i=1

NLi , hLvLρL =
NC∑
i=1

MiNLi (6a,b)

• Total mass balance of gas phase in terms of molar
and mass mean velocity:

hGv
∗
Gc

b
G =

NC∑
i=1

NGi , hGvGρG =
NC∑
i=1

MiNGi

(7a,b)

• Momentum balance given in the general form of
correlations used hereby:

−dP

dz
, hL , hiL , aGL, aLS, aGS

= f (vL , vG, x, y, TL , TG, P ) (8a,b,c,d,e,f)

wherex, y are the vectors of phase properties and
structural properties of catalyst and bed, respec-
tively.

• Energy balance of liquid phase, in terms of enthalpy
flux:

d(hLv
∗
Lc

b
LHL)

dz
−L(qGLaGL − qLSaLS − qLWaLW) = 0,

HL =
NC∑
i=1

xb
Li

(
H 0

f,Li +
∫ TL

Tref

cP Li dT

)
+ HE

L (9)

• Energy balance of gas phase, in terms of enthalpy
flux:

d(hGv
∗
Gc

b
GHG)

dz
+L(qGLaGL + qGSaGS + qGWaGW) = 0,

HG =
NC∑
i=1

xb
Gi

(
H 0

f,Gi+
∫ TG

Tref

cP Gi dT

)
+HR

G (10)

• Energy balance of the catalyst (liquid–solid inter-
face (s)) at steady state:
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qLS = αs
L(TL − T s

L ) +
NC∑
i=1

NLSi H̄Li = 0 (11)

• Energy balance of the catalyst (gas–solid interface
(s)) at steady state:

qGS = αs
G(TL − T s

L ) +
NC∑
i=1

NGSi H̄Gi = 0 (12)

• Heat transfer rate through liquid–gas interface:

qGL = αL(TI − TL) +
NC∑
i=1

NGLi H̄Li

= αG(TG − TI) +
NC∑
i=1

NGLi H̄Gi (13a,b)

• Mass transfer rate through liquid–gas interface:

NGLi = KGLi

(
cb

Gi

Hi

− cb
Li

)
,

KGLi = 1

(1/kLi ) + (1/kGiHi)
(14a,b)

• Local equilibrium assumption at the liquid–gas in-
terface:

Hi = cb
Gx

s
Gi

cb
Lx

s
Li

= cb
G

cb
L

Ki(x
b
Li , x

b
Gi , TI , P ) (15)

• Mass transfer rate from liquid phase to solid catalyst
surface:

NLSi = kLSi (c
b
Li − cs

Li ) (16)

• Mass transfer rate from gas phase to solid catalyst
surface:

NGSi = kGSi (c
b
Gi − cs

Gi ) (17)

• Kinetic expressions of heterogeneous chemical re-
action rates:
◦ Hydrodesulfurization:

rHDS = a1k
E
11c

s
L,H2

cs
L,S

(1 + KHDS
1,H2Sc

s
L,H2S + KHDS

1,A cs
L,A)

2

+ (1 − a1)k
E
21c

s
L,H2

cs
L,S

(1 + KHDS
2,H2Sc

s
L,H2S + KHDS

2,A cs
L,A)

2

(18a)

◦ Hydrodenitrogenation:

rHDN = β1k
E
12c

s
L,H2

cs
L,N

(1 + KHDN
1,H2Sc

s
L,H2S + KHDN

1,A cs
L,A)

2

+ (1 − β1)k
E
22c

s
L,H2

cs
L,N

(1 + KHDN
2,H2Sc

s
L,H2S + KHDN

2,A cs
L,A)

2

(18b)

where

kE
ij = kij,0γ e−(Eij/R)(1/T−1/T0) (18c)

KHDS
i,H2S = KHDN

i,H2S = Ki,H2S,0 e−660/RT (18d)

KHDS
i,A = KHDN

i,A = Ki,A,0 e−7800/RT (18e)

and α1, β1 are the fractions of reactive sulfur
and nitrogen compounds, respectively, here taken
as unity or nearly so, andγ is a feed factor de-
pending on feed type and feed average molecu-
lar weight, taken also as unity in the absence of
any other information. All other kinetic data are
given inTable 1.

◦ Hydrogenation of olefins:

rHTO = kHTO e−EHTO/RTcs
L,O (18f)

◦ Hydrogenation of aromatics:
We consider hydrogenation of aromatic,A1, to

a totally or partially saturated compound,A2 (see
Table 1):

A1 + αH2 � A2

rHTA = −kE
H

KI
cs

L,A1
+ kE

D

KI

cs
L,A2

(18g)

kE
H = kHP

x
H2

e−(E/R)(1/T−1/T0) (18h)

kE
D = kH

KPP
a−x
H2

e−(E−'H/R)(1/T−1/T0) (18i)

KI = 1 + KH2SPH2S (18j)

The kinetic data for the hydrogenation of mono-,
di- and tri-aromatics are given inTable 1, as well.

• Thermophysical properties of flowing phases:

Liquid phase : ρL , µL ,DL , cP,L , kL

= f (xb
Li , TL , P ) (19)
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Table 1
Kinetic and thermodynamic data

HDS HDN HTO

k11,0 = 11.75 h−1 k11,0 = 5.756 h−1 kHTO = 187.5 h−1

k21,0 = 2.0 h−1 k21,0 = 0.374 h−1 EHTO = 39957200 J/kg mol
E11 = 75324840 J/kg mol E11 = 79077600 J/kg mol
E21 = 75324840 J/kg mol E21 = 62760000 J/kg mol
KH2S,0 = 2.8 atm−1 KH2S,0 = 2.8 atm−1

KA,0 = 0.38 atm−1 KA,0 = 0.38 atm−1

T0 = 561 K T0 = 638 K

Hydrogenation of aromatics

Species α x kH (1/s) KP T0 (◦C) E (kJ/mol) −'H (kcal/mol)

Mono-∅→ O 3 1.8 4.6× 10−4 5.4 × 10−3 350 667.4 52.3
Di-∅∅→ ∅O 2 1.5 9× 10−3 1.4 × 10−2 350 667.4 33.6
Tri-∅∅∅→ OOO 7 0.1 7.3× 10−1 4.7 × 10−10 350 667.4 106.1
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Gas phase :ρG, µG,DG, cP,G, kG

= f (xb
Gi , TG, P ) (20)

γGL = f (xb
Li , x

b
Gi , TI , P ) (21)

• Correlations and thermodynamic models:
The following correlations were used, whereas

only the corresponding literature references are
given below for the sake of brevity:aGL, aLS, aGS
[4], hL [5], −(dP/dz) [6], DL, DG [7], kLi , KLSi
[8], kGi [9], KGSi [10].

The modified constitutive equation RKS
(Redlich–Kwong–Soave)[11] was used for the
calculation of liquid–gas equilibrium at the inter-
face and molar partial enthalpies of gas and liquid
phases. Moreover, the heat transfer coefficients
were estimated from the mass transfer coefficients
using the Chilton–Colburn analogy[12]. The mul-
ticomponent diffusivities were computed from the
diffusion coefficients at infinite dilution according
to Vignes [13] and Wilke–Chang[14] equations,
as it is recommended by the American Petroleum
Institute (API) numerical methods. Also, various
numerical methods recommended by the API were
adopted for the calculation of pure substances and
phase physicochemical properties, as it is dictated
in Eqs. (19)–(21). The raw data were the critical
properties of the pure substances,Tci , Pci , Vci , ac-
centric factors,ωi , radii of gyration,Rg, etc. Finally,
kinetic expressions of Langmuir–Hinshelwood type
were carefully chosen from the literature, whereas
efficiency and pellet wetting coefficients were taken
to be unity.

• Danckwerts boundary conditions:

(NLi )z=0 = hL,inv
∗
Li,inc

b
Li,in,(

dcb
Li

dz

)
z=1

= 0, i = 1,2, . . . , NC (22)

(NGi )z=0 = hG,inv
∗
Gi,inc

b
Gi,in,(

dcb
Li

dz

)
z=1

= 0, i = 1,2, . . . , NC (23)

(ELi )z=0 = hL,inv
∗
Li,inc

b
Li,inHL,in,(

dTL

dz

)
z=1

= 0, i = 1,2, . . . , NC (24)

(EGi )z=0 = hG,inv
∗
Gi,inc

b
Gi,inHG,in,(

dTG

dz

)
z=1

= 0, i = 1,2, . . . , NC (25)

(P )z=1 = Pout (26)

The problem at hands is a boundary value problem,
which needs suitable treatment. Collocation on finite
elements aided by a method for solving extended sys-
tems of non-linear algebraic equations was used suc-
cessfully. A total number of five finite elements and
second-degree polynomials as trial functions were ad-
equate for accuracy better than 10−5.

3. Results and discussion

Hydroprocessing of a very light diesel feedstock
was studied. An inert pseudocomponent correspond-
ing to the C17 fraction of diesel was used in the model
to match the physical properties of the real feedstock.
The composition of the liquid feed is presented in
Table 2. Pure hydrogen comprised the gas feed.

Fig. 1 presents the steady-state mass fraction dis-
tribution of the main compounds along the reactor, as
computed by the model. The operational conditions
were: T = 340◦C, P = 30 bar, WHSV (wetting
hourly space velocity)= 2 h−1, H2/oil = 1000 SCFB
(standard cubic feed of hydrogen per barrel of oil
feed).Fig. 2presents the distribution of phase temper-
ature, holdup and pressure along the reactor. Since an
adiabatic reactor is modeled and all individual reac-
tions are exothermic, axial phase temperature profiles
are increasing functions. However, the increase in the
phase temperatures along the reactor is limited by the

Table 2
Composition (wt.%) of oil feedstock

Compound wt.%

Sulfur compounds 3.67
Nitrogen compounds 0.88
Olefins 30.00
Mono-aromatics 24.60
Di-aromatics 8.20
Tri-aromatics 4.10
C17 28.54
Hydrogen 0.00
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Fig. 1. Distribution of mass fraction of the main compounds, at steady state.

volatilization of the lighter oil fractions, which con-
sumes a considerable amount of the heat produced by
the reactions. Along the last half of the reactor, the
phase temperatures are stabilized since reactions take
place mainly at the inlet zone of it. This is due to the
high activity of the fresh catalyst. Catalyst deactivation
was not modeled in the present study.Fig. 2 shows

also a reduction of the liquid holdup, which accom-
panies the excessive volatilization of the lighter oil
feedstock fractions. Gas holdup increases accordingly.

Fig. 3 presents experimental and theoretical values
of the conversion of sulfur compounds in the feed-
stock as a function of the residence time and the inlet
temperature. Traditionally, such data are presented in
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Fig. 2. Distribution of phase temperature, holdup and pressure, at steady state.

the form of sulfur residual percentage in the product
as a function of the reciprocal WHSV at different val-
ues of inlet temperature. A set of experimental tests
was performed in the pilot scale HDS plant, using as
feedstock the light diesel ofTable 2. The values of
the inlet temperature and the WHSV were systemati-
cally varied, whereas inlet pressure and gas to oil feed
ratio were kept constant (P = 30 bar, H2/oil=1000
SCFB). All other operational parameters were kept
constant, whereas the most important bed and catalyst
properties are presented inTable 3. We run a similar
set of theoretical simulations under the same opera-

tional parameters. The simulator effectively modeled
the diesel feedstock. Open symbols represent the ex-
perimental results, whereas solid symbols represent
the theoretical values. Qualitative as well as quan-
titative agreement between the theoretical and the
experimental values is excellent. Moreover, as inlet
temperature increases at constant WHSV or WHSV
decreases (i.e. reciprocal WHSV increases) at constant
temperature removal of sulfur compounds from the oil
feedstock is intensified and less sulfur remains in the
product. This is an important environmental target for
future fuels.



D.G. Avraam, I.A. Vasalos / Catalysis Today 79–80 (2003) 275–283 283

Fig. 3. Sulfur residual in the product as a function of the reciprocal wetting hourly space velocity.

Table 3
Main operational parameter valuesa

Bed Catalyst

Diameter (cm) 3 Extrudate shape Trilobe
Length (cm) 17.5 Nominal size (mm) 1.2
Catalyst load (g) 20 Cobalt (wt.% dry basis) 3.1
Dilution

(alumina) (g)
151 Molybdenum

(wt.% dry basis)
12.4

Porosity (%) 36.13 Surface area (m2/g) 250
Pore volume (cm3/g) 0.53
Reactor loading
density (kg/m3)

610

Compacted bulk
density (kg/m3)

700

a Oil feedstock—feedstock: diesel MOH; specific gravity:
0.8676 g/cm3.

4. Conclusions

A steady-state model for trickle-bed reactors was
developed to model hydroprocessing of light oil feed-
stocks that contain considerable amounts of volatile
compounds. The main conclusions are:

• Hydroprocessing of oil feedstocks in catalytic
fixed bed reactors under trickling conditions can
be modeled effectively using fundamental princi-
ples of reaction engineering, transport phenomena,
thermodynamics and by suitable calculation of the
thermophysical properties of mixtures of oil com-
pounds that form the flowing liquid and gas phases.

• Volatility of the light oil compounds should be
taken into account. Liquid holdup decreases along

the reactor, whereas gas holdup increases accord-
ingly due to the volatility of the lighter compounds
of the feedstock. Therefore, phase properties vary
along the reactor, as well.

• As the inlet temperature increases removal of sulfur
compounds from the oil feedstock increases, with
all other operational parameters kept constant.

• As WHSV decreases (i.e. reciprocal WHSV in-
creases) removal of sulfur compounds from the
oil feedstock increases, with all other operational
parameters kept constant.
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